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Different configurations for an adequate heat management in dynamically operated packed bed reactors
for Chemical Looping Combustion (CLC) have been investigated and compared using syngas from a coal
gasification unit as fuel. [lmenite has been selected as oxygen carrier for the process mainly because its
high melting point, allowing to reach high temperature close to 1200 °C, excellent selectivity to the
formation of CO,, natural availability and related low cost. Packed bed reactors for chemical looping com-
bustion processes have recently been proposed as alternative to the interconnected fluidized bed reactors
for pressurized systems, because solid circulation and gas-solid separation are not required. Due to the
transient behavior of packed bed reactors, an adequate heat management is essential to couple these
reactors with other units of the power plant. Heat management refers to the dynamic operation of fixed
bed reactors to achieve the required solid temperature and conversion and to produce the gaseous
streams at the optimal operating conditions for the studied power plant. Two different reactor cycle
strategies have been analyzed: (i) Oxidation/Heat Removal/Purge/Reduction/Purge with different air inlet
temperatures for different solid active material contents in the oxygen carrier; (ii) Oxidation/Purge/
Reduction/Heat Removal with inert gas. The effect of Water Gas Shift (WGS) activity of the oxygen carrier
has also been discussed considering the most relevant technical and economic aspects. Due to the low
rate of solid conversion of ilmenite with CO-rich syngas during the reduction cycle and due to the change
in temperature of the produced gases, the first cycle strategy is not feasible for a continuous operation in
a power plant, while the second cycle strategy appears very interesting for implementation of the CLC
process using packed bed reactors with ilmenite as oxygen carrier in power plants.

© 2013 Elsevier B.V. All rights reserved.
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E-mail address: m.v.SintAnnaland@tue.nl (M. van Sint Annaland).

1. Introduction

The increase of carbon dioxide emissions due to human activi-
ties is amply recognized as one of the most important reasons for
climate change. It is nowadays well accepted that carbon capture

1385-8947/$ - see front matter © 2013 Elsevier B.V. All rights reserved.

http://dx.doi.org/10.1016/j.cej.2013.03.054


http://crossmark.dyndns.org/dialog/?doi=10.1016/j.cej.2013.03.054&domain=pdf
http://dx.doi.org/10.1016/j.cej.2013.03.054
mailto:m.v.SintAnnaland@tue.nl
http://dx.doi.org/10.1016/j.cej.2013.03.054
http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej

V. Spallina et al./Chemical Engineering Journal 225 (2013) 174-191 175

Nomenclature
A effective thermal heat conductivity (m?s~1) wr reaction front velocity (m s~1)
G, G concentration of gas/solid component (mol m3) X axial position (m)
CLC chemical Looping Combustion Vi molar fraction (mol; molt’l)
Gy heat capacity of gas/solid phase (] kg~! K™1) AHg reaction enthalpy (J mol~!)
Dax axial dispersion coefficient (m?s~1) AT temperature change (K)
d, particle size (m)
Eqct activation energy (] mol1) Greek letters
GT gas turbine € porosity
H enthalpy (J kg~1) Econv fuel conversion efficiency
HRSG heat recovery steam generator { stoichiometric factor (molg mol;l)
IGCC integrated gasification combined cycle NuT high temperature energy efficiency
kegr effective reaction constant (s~1) eff effective heat dispersion (W m~' K1)
kso pre-exponential factor (ms~!) p gas/solid density (kg m—3)
L reactor length (m) THT high temperature time
L power (W) Tih reaction/heat front velocity ratio
LHV lower heating value (M]/kg) 10} weight fraction (kg; kg, h
M reaction order in solid phase
M; molecular weight of component i (kg kmol™!) Subscripts
N reaction order in gas phase 0 initial
P pressure (Pa) act active
PFBR pressurized fluidized bed reactor g gas
R reaction rate (mol Myeaet > 571) in inlet
Ig grain radius (m) out outlet
R, gas constant (J mol~! K1) react reactor
Rvoid void fraction s solid
Q thermal (W) Ne steam cycle
T time (s) cc combined cycle
T temperature (K) GT gas turbine
Uy gas velocity (ms™!) HT high temperature
W heat front velocity (ms™!)
and storage (CCS) can be one of the most promising short/medium- MeO + CO — Me + CO, 3)

term technologies and a feasible solution for the reduction of
anthropogenic CO, emissions. About 40% of the emitted CO, [1] is
released from large scale power plants using fossil fuels, which rep-
resent at the same time the most important energy sources. In the
last decades, several studies have been initiated to investigate the
integration of CCS in existing power plants. Conventional technolo-
gies for large scale power production with near zero emissions of
CO, are often classified into post-combustion, pre-combustion
and oxyfuel combustion processes. All these technologies lead to
an energy efficiency penalty that can reach to 10-15 percentage
points depending on the technology adopted [2,3].

A novel technology for energy production that shows great po-
tential to integrate low CO, emissions with lower energy penalties
is Chemical Looping Combustion (CLC). CLC is based on the use of
an intermediate oxygen carrier that can be alternatively reduced
and oxidized in order to produce CO, undiluted with nitrogen, so
that pure CO, sequestration can be easily carried out after water
condensation. When an oxidant stream (i.e. air) is fed to a reduced
metal the solid oxidation is strongly exothermic and the heat gen-
erated is used for power production, while the metal reduction can
be either exothermic or endothermic depending on the type of
oxygen carrier and on the hydrocarbon fuel or syngas composition.

The generic reactions are:

Oxidation:

Me+%02HMeO (1)
Reduction:

MeO + H, — Me + H,0 (2)

CLC technology is very attractive and competitive with other
CCS technologies for large scale power plants, provided that the
process can be operated at elevated pressures (>20 bar) and high
temperatures if operated with gaseous fuel (such as natural gas)
(>1200 °C) [9,10].

Power plants with CLC carbon capture can be fed with syngas
from coal gasification and gas treating units. After the reduction
cycle, the resulting high temperature CO, and H,O from syngas
conversion is cooled down producing high pressure steam. After
water condensation the pressurized CO, is compressed to super-
critical condition (i.e. 110-150 bar) for the final storage. To assure
sufficiently fast kinetics of the reaction between syngas and
oxygen carrier during the reduction cycle the solid temperature
needs to be sufficiently high.

During the oxidation phase, air is supplied by the gas turbine
compressor (at the typical pressure of 20 bar, the temperature is
close to 450 °C). Due to the exothermic reaction between oxygen
carrier and air, a gas stream at constant high temperature and con-
stant mass flow rate can be produced and sent to the gas turbine.
After the expansion, the air exiting the GT at almost ambient pres-
sure and high temperature (close to 500 °C) is cooled down in a
heat recovery steam generator to produce additional electricity
and increase the power plant electrical efficiency. A simplified
power plant layout is shown in Fig. 1.

Different configurations for the power cycle can also be envis-
aged, according to different system requirements that may lead
to some penalty efficiency: e.g. if the air temperature at the com-
pressor outlet is not high enough, air pre-heating requires high
cost additional equipment, unusual for large scale gas turbines
(such as gas-gas HT heat exchanger).
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Fig. 1. Simplified coal-gasification power plant integrated with PBRs for CLC combustion and CO, capture.
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Fig. 2. First law energy balance for a simplified power system operating with CLC technology.

In terms of plant performance, Fig. 2 presents a simplified first
law energy balance of the fuel conversion: the heat of reaction is
converted to exhaust gases (CO, and H,0 and other species) and
hot air. Hot air is sent to the gas turbine and the total amount of
heat is converted partly in electricity with the electrical efficiency
of a combined cycle 7., while the heat stored in the exhaust gases
is converted into electricity by a steam cycle. The total efficiency of
heat to electricity conversion in a combined cycle is normally high-
er than for a steam cycle. As a consequence, the higher the sensible
heat handled by the gas turbine, the higher the overall electrical
efficiency of the system.

The application of CLC has been studied especially with inter-
connected fluidized bed reactors working at atmospheric pressure

for several applications and different oxygen carriers have been
investigated [4]. The operability of interconnected CLC reactors
working at atmospheric pressure has been demonstrated at differ-
ent scales [5-8]. Circulating fluidized bed reactors can work in con-
tinuous operation producing an hot air stream stable in
temperature and flow rate, but the solid circulation is difficult to
be operated under pressurized conditions, especially as far as the
loop sealing and the gas-solid separation (through cyclones) are
concerned.

The technology discussed in this paper is based on the use of
dynamically operated packed bed reactors with syngas from a coal
gasification unit. The present investigation is part of the FP7
DemoCloCk European project: The objective of the project is to
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Fig. 3. Schematic representation of the CLC process with interconnected fluidized bed reactors (left) and parallel dynamically operated packed bed reactor (right).

demonstrate the technical, economic and environmental feasibility
for implementing packed bed reactors operating at high tempera-
ture and high pressure in a CLC process for large-scale power
plants.

Contrary to interconnected fluidized bed reactors, in packed bed
reactors the solid remains stationary and the oxygen carrier is
alternately exposed to oxidizing and reducing conditions (Fig. 3)
[11]. Since solid recirculation (and thus gas-solid separation) is
not required, pressurized conditions do not present critical issues.

Packed bed reactors for CLC are dynamically operated and the
gas stream temperature at the outlet of the reactors — especially
during the solid oxidation cycle - change with time [11]. To effi-
ciently integrate this technology into a power plant, an adequate
heat management of the reactors is extremely important. In partic-
ular, an important boundary condition dictated by the power is-
land has to be taken into account: the hot stream needs to be
produced at nearly constant temperature and mass flow rate, to
preserve the gas turbine expander from thermal/mechanical cy-
cling stress and from fluid-dynamic instability. On the other hand,
an efficient operation of the packed beds imposes that: (i) solid
conversion needs to be almost complete in order to increase the
reactor capacity; (ii) kinetics of gas/solid reactions have to be fast
enough in order to avoid fuel slip; (iii) hot spots are not allowed
to avoid deactivation of solid material or the reactor materials
could be damaged. These requirements put the packed bed reactor
technology for CLC in front of relevant technical challenges, to as-
sess their feasibility and competitiveness with other CCS
technologies.

The present paper will discuss the proper heat management
strategy for packed bed reactors for CLC of syngas. First, a compre-
hensive description of the model is reported in order to highlight
the equations behind the simulation code, used to carry out the
numerical analysis and the reactor performance prediction. The
selection of an appropriate oxygen carrier is here discussed and
the motivations behind the different strategies adopted are out-
lined. Results are discussed in detail, considering the current state
of the art of the technology, the effects of the system integration in
the power plant and some fundamental economic issues.

2. Materials and methods
2.1. Selection of bed material (oxygen carrier)

So far, most of the development of oxygen carriers has been
done aiming at the selection of materials suitable for application
in interconnected fluidized bed reactors [12-15]. Some require-
ments and specifications are different when working with packed
bed reactors (PBRs): since the solid material is continuously ex-
posed to the fresh gas stream, the complete oxidation range of
the particles is encountered; the stability of the material needs
to be assured over its entire oxidation range and for many reduc-
tion/oxidation cycles. In addition, the particle diameter needs to
be large enough to avoid excessive pressure drop or bed fluidiza-
tion [16]. Bed fluidization may occur if the gas velocity is higher
than the minimum fluidization velocity as reported in [31].

Several materials have been successfully tested as oxygen carri-
ers for CLC processes. The oxygen carriers are often based on a
transition state metal oxide, e.g. CuO, NiO, CoO, Fe,03 or Mn30,,
supported on different inert materials, such as Al,0s, SiO,, TiO;
or ZrO,. Some of these materials have been studied in packed beds
with natural gas [17]. In this work syngas from a coal gasification
plant is used as reducing fuel instead of CH,4.

The present analysis is based on the use of ilmenite as oxygen
carrier since the material is naturally available (thus inexpensive
as raw material) and attractive for chemical looping combustion.
Several studies have been carried out with ilmenite in a lab scale
atmospheric fluidized bed to test the thermo-physical and chemi-
cal properties [18,19]. Ilmenite (FeTiO3) as oxygen carrier has
shown high conversions for syngas applications, where CO and
H, are the main components. The use of syngas (50% CO and 50%
H,) have been investigated by Azis et al. [20] with natural and syn-
thetic ilmenite during the reduction phase, in order to highlight the
effect on fuel conversion at 950 °C with different Fe/Ti ratios; the
mechanical properties of solid material have been studied as well.
Adanez et al. [21] evaluated ilmenite activation after several cycles
with syngas: fresh ilmenite and calcinated ilmenite reach the same
level of activation at different times and the solid conversion is sta-
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bilized; the increasing in number of cycles reduces the initial oxy-
gen transport capacity (from 4% to 2.1%) while the solid conversion
becomes higher until the reactivity is stable. The oxygen transport
capacity of ilmenite has been calculated by Leion et al. [22] and
compared with the theoretical oxygen transport capacity (5%)
using 15 g of ilmenite with a particle diameter of 125-180 pum with
methane and syngas (50% CO, 50% H;) in a laboratory-scale fluid-
ized bed reactor. An extensive discussion on ilmenite as oxygen
carrier for CLC has also been presented by Abad et al. [23] and
the related reaction rates have been calculated for the oxidation
and reduction cycles both for pre-oxidized and activated ilmenite:
the reactivity of both solid materials have been investigated using
H,, CO and CH4 as reducing gas at different temperatures (from
800 °C to 950 °C) with different gas compositions. The main kinetic
parameters for the reaction rates of ilmenite have been evaluated
assuming multi grain model with chemical reaction control and
considering a mixed-resistance between chemical reaction and
diffusion in the solid products.

2.2. Kinetic model

The model used for the present investigation is based on a 1D
adiabatic packed bed reactor model, reported in the following sec-
tions. Ilmenite has been selected as oxygen carrier. The kinetic
model is based on gas-solids reaction between the gas components
and the solid material. The main assumptions are reported here.
Since no experimental data are available on the behavior of ilmen-
ite in a packed bed reactor for chemical looping combustion, the
kinetic model is based on the equations provided by Abad et al.
[23]. The kinetic parameters have been confirmed with our TGA
(thermogravimetric analysis) experiments (not reported in this
paper) for a wide range of concentrations and temperatures. The
gas-solid reactions for the oxidation and reduction cycle are:

Oxidation:

2FeTiO5 + %02 — Fe,TiOs + TiO, (4)
Reduction with Hj:

Fe,TiOs + TiO, + H, — 2FeTiO3 + H,0 (5)
Reduction with CO:

Fe,TiOs + TiO; + CO — 2FeTiO5; + CO, (6)

Total reduction to FeTiO, (Fe + TiO,) has to be prevented be-
cause the pure iron presents: (i) low selectivity towards CO, and
H,0 (resulting in higher fuel slip and thus lower CO, capture effi-
ciency), which is more important for the fluidized bed technology
and (ii) the tendency to agglomerate into bigger Fe particles caus-
ing the deactivation of the oxygen carrier as well as clogging of the
packed bed.

In this study it was assumed that the solid conversion does not
include the intermediate solid states so that the active solid mate-
rial goes from hematite (Fe,03) to wustite (FeO), while titanium
oxide is treated as inert material and does not take part in the
chemical transformations.

Thermo-physical properties of solid species have been taken
from [24].

It was also assumed that the reaction is completely selective to
carbon dioxide and steam. According to the chemical equilibrium
of the solid phase in the range of operation of the system, different
iron species can be formed, during the continuous fresh syngas
feeding to the solid material in the reduction cycle (see Fig. 4) as
predicted via minimization of the total free Gibbs energy. The fig-
ure shows that also Fe could be formed, but experimental data
from the TGA (not presented here) have shown that Fe is not
formed after syngas feeding (also depending on the CO, and H,0

60%

50%

40%

30%

20%

10%

Iron phases equilibrium composition [%vol.]

0%
400 500 600 700 800 900 1000 1100 1200

Temperature [°C]

Fig. 4. Iron species equilibrium composition at different temperature (from 400 °C
to 1200 °C) reacting with syngas (composition from base case) at 20 bar.

concentrations); however, a more detailed kinetic model is needed
to capture all these details.

The reaction rate [mol/m2,, s] is generally expressed as:
r= (1 — Sbed)keﬁcgj ,Sﬂ] (7)
where C is respectively the gas/solid concentration in the reactor
and &4 is the bed void fraction (assumed to be equal to 0.4).

The reaction kinetic rate constants k. were estimated as func-
tion of the temperature using the Arrhenius equation:

kso,i —Eqcti
ke :ﬂexp< “C“> 8
T ReT ®

The grain radius rg was selected equal to 1.25 um [23]. The
kinetic parameters for the gas solid reactions have been summa-
rized in Table 1.

The effect of carbon deposition has not been included in this
work, but according to the chemical equilibrium with the syngas
composition considered in this study, graphite could be formed
in the range of 400-800 °C. Additional studies related to the carbon
formation kinetics over ilmenite would be required, for different
syngas compositions, but this issue has been considered outside
the scope of this investigation.

2.3. Reactor model

A simplified analytical approach is briefly described here, to
provide an overview of the packed bed reactor behavior and of
its potential for application in CLC.

In principle, the production of a constant high temperature gas
stream during the oxidation cycle is possible with dynamically
operated packed bed reactors. If an ideal system is considered in
which the non-catalytic gas-solid reaction proceeds fast and dis-
persion effects are neglected (and thus assuming an ideal plug flow
model), the evolution of the axial concentration profile of the gas-
eous stream (oxygen) and the temperature evolution can be pre-
dicted, as shown in Fig. 5, and amply discussed in [11,25].

Table 1
Kinetic parameters used in the present study (from [23]).
H, co 0,
keo (mol' ™ m3"-2 s 1) 6.2 x 1072 1.0 x 107! 1.9 x 1073
Eqce (KJ mol ™) 65 80.7 25.5
n 1 0.8 1
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Fig. 5. Schematic representation of the evolution of the (dimensionless) axial profile of (a) the gaseous reactant concentration and (b) the temperature.

Since the gas-solid reaction may continue until the particle is
not completely converted, a reaction and heat front propagate with
velocity w, and wy, respectively through the bed (Fig. 5a) where
w;>wp. As a result of the heat of reaction, the temperature of
the bed changes during the complete cycle and both reaction and
heat front can be depicted in the temperature profile (Fig. 5b).
The steepness of the temperature fronts depends on the heat Péclet
number Pe, which represents the ratio between the convective
heat flow and effective axial heat dispersion. The lower the Pey
number, the smoother the change in temperature in the reaction
front.

If the kinetics is fast enough, an overall energy balance can be
formulated for the system, neglecting the volumetric heat capacity
of the gas phase relative to the solid phase, assuming that the solid
initial temperature is equal to the inlet gas temperature (Ty) and
that the final solid temperature is denoted by T;:

in
pg Vg wg.i

My, (AHr) = €spCps(Wr — Wy)(T1 = To) 9)

The heat front velocity can be calculated by assuming that the
heat transfer from the solid to the gas is concentrated along the
front. The reaction front velocity can be calculated assuming that

all the gaseous reactant reacts with a known, stoichiometric
amount of solid material:

40
35

30

25

,

T h[-]

20

15

10

0

p (% wm'Mac
= Pl giMua (10)
Esps(uactlwg-,ig
v C,
wi, :pg g+-pg (-11)
€sPsCpss

So the ratio 7, between the reaction and heat front velocity is
equal to:
in 7 10
W, M Cps

— R act (-12)

Trjh = — P
" w Cpg @My il

As it can be seen, the ratio 7, is almost linearly dependent
(Fig. 6) on the active content in the gas phase: the higher the
concentration of reactant in the gas stream, the faster the reaction
front velocity and the longer the reactor length between the reac-
tion front and the heat front, which is at nearly constant conditions
(temperature T; and mass flow rate). 7, is typically higher than 1,
but Fernandez et al. [30] recently discussed PBR applications of
Ca-Cu chemical loop with a lower value.

The packed bed reactor model used in this work has been devel-
oped and discussed in recent papers [23]. An extensive discussion
is also carried out about the effect of the particle model [26] and
the combined effect of the reactor model and the particle model
in [11]. A parametric analysis was also performed to investigate
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W, .t 20%
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W, ¢ 70%

s,act

W, . 100%

0 0.1 0.2
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0, content in the oxidant [wt. fraction]

Fig. 6. 7,/h for the oxidation reaction as function of oxygen content according to the simplified model.
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the effect of different operating conditions in the reactor model
[17]. The present models have been validated with experiments
using copper oxide as oxygen carrier.

The difference between the present paper and the previous ones
is that, in the previous works, the model has been used to evaluate
the behavior of the packed bed in a single cycle (oxidation or
reduction), starting from an ideal condition in which the tempera-
ture of the bed is uniform and equal to the feed temperature of the
gaseous stream. In the present study, the model is used to evaluate
consecutive cycles, with a bed temperature at the beginning of
each cycle which is the result of the previous cycle; moreover, this
temperature is very different from the temperature of the incom-
ing gaseous stream. Therefore, the real behavior of the packed
bed is simulated, by reproducing the complete process consisting
of multiple oxidations, reduction and heat removal.

The main assumptions and the governing equations for the
reactor model are: (i) radial temperature or concentration gradients
are neglected; (ii) the heat transfer limitations from gas to solid
phase is accounted for in the effective heat dispersion (pseudo-
homogeneous model); (iii) heat losses through the reactor wall are
neglected; (iv) pressure drops are fully accounted for and calculated
with Ergun’s equation. The governing equations of the mass and en-
ergy balances for the reactor model are reported in Table 2, while the
constitutive equations for the description of heat and mass disper-
sions are reported in Table 3. A very efficient finite difference tech-
nique with higher order temporal and spatial discretization with
local grid and time step adaption has been used [27].

2.4. Cycle strategies

The packed bed reactors for CLC are dynamically operated, with
a reduction step starting in a bed with a temperature profile result-
ing from the previous step. Thus, heat management plays an
important role in terms of bed temperature profiles and gas condi-
tions at the reactor outlet. The aim of this investigation is mainly
based on the development of a process with reduced energy
penalty efficiency with respect to a conventional IGCC with no
CO,, capture.

As already mentioned, packed bed reactors can be used in a
power plant because, during the oxidation cycle, the velocity of

Table 2
Governing equations in the reactor model.

Reactor model (axial

direction)
Gas phase balance 00g;i g 9 g e
P 2Py ot = ~ Py Vs o'+ ix PyDax i + EgTiMi
i 0,
Solid phase balance &5 D500 Ol — —ggTiM;

Energy balance (egPgCpg + &sPsCps) Ir
= —PgUsCpg Bt + fihax 5t + EgTiAHR;

Continuity equation 1i = (1 — &poia) ke CgiCs

Table 3
Constitutive equations for the description of heat and mass dispersions.

Reactor model (axial direction)

Effective axial heat dispersion RePrig | Re*Prlig

b —
ax = Abed 0 + e T 51—z Nu

_2(017+033expl)).
1-(0.17+0.33exp[2))

Nu = (7 — 10g; + 5¢2)(1 + 0.7Re%?Pr'/?)
+(1.33 - 2.4, + 1.282)Re"7Pr'/3
Dox = (% +°—f7é> vydy

Cgtrese

Heat Péclet axial number Pe,, —
ax —

Nusselt number

Axial mass dispersion

the reaction front w, is much larger than the velocity of heat front
wy: once the bed is totally oxidized, the solid material is heated to a
very high temperature and a high amount of heat is stored in the
reactor. Starting with a constant solid temperature, after the oxida-
tion cycle, the bed temperature is almost constant, so a gas stream
can be used to remove the stored heat (heat removal cycle) pro-
ducing a gas stream at almost constant high temperature and pres-
sure that can be fed to an efficient thermodynamic cycle to
produce electricity.

After the packed bed is cooled (heat is removed), the reduction
cycle can start to reduce the solid material. However, the temper-
ature profile at the beginning of reduction cycle strongly affects the
system performance: if this temperature is too low, the kinetics of
the reduction reactions will be too slow and the fuel will not be
fully oxidized, so the exhaust gases will contain CO and H; (fuel
slip) and the CO, separation will not be efficient in terms of energy
requirement and exhaust gas purity.

According to the kinetic model previously described, where the
activation energy for carbon monoxide conversion is high, a rela-
tively high temperature is required to convert CO to CO,.

Two main different heat management strategies are here
proposed, referred to as strategy A and B. In cycle strategy A the
complete cycle is performed as reduction/purge/oxidation/heat re-
moval/purge and four different cases have been considered (Fig. 7).

Strategy A.1: air is fed at different temperatures (450 °C, 600 °C,
750 °C). The solid composition is chosen in order to obtain a max-
imum solid temperature equal to 1200 °C after the oxidation cycle.

Strategy A.2: the process is the same as in strategy A.1, but with
a decreased solid active weight content (10%) in the oxygen carrier.

Strategy A.3: due to the higher temperature in the last part of
the bed at the end of oxidation cycle, in this configuration the syn-
gas is fed from the opposite side than the air feed (i.e. counter-cur-
rent operation), while the cycle sequence is still reduction, purge,
oxidation, heat removal, purge.

Strategy A.4: The oxygen carrier may have a certain water gas
shift activity as recently discussed in Schewebel et al. [29]. The
main problem on the kinetic reactions is the CO oxidation at low
temperature (H, has a high reaction rate even at 450 °C). If the syn-
gas has high CO and H,0 content, the Water Gas Shift (WGS) reac-
tion may occur as a heterogeneous reaction, according to

CO + H,0 — H, + CO; AH%gq, = —41.1 k] /kmol

Water Gas Shift is a slightly exothermic reaction commonly
used for syngas upgrading or hydrogen production and several
works have been published about the catalyst properties [28]. In
the conventional process the reaction occurs in two different main
stages: HT-WGS (310-450 °C) where ferrochrome catalysts are
commonly used in the industrial scale and LT-WGS (200-250 °C)
where a mixture of ZnO, CuO and Cr,03/Al,03 is used as catalyst:
the first stage is used to increase the kinetics of the reaction using
the high temperatures, while the second stage allows an higher CO
conversion (because of thermodynamic limitations). In a CLC reac-
tor the solid material experiences different temperatures between
the reduction and oxidation cycle (i.e. 450-1200 °C). Since the
operating temperatures for the system here considered is not con-
ventional (for WGS), the catalyst properties for WGS have not yet
been discussed, which are behind the purpose of the present inves-
tigation. A sensitivity analysis is carried out considering the fuel
conversion due to the WGS as a fraction of the WGS chemical equi-
librium conversion (respectively 5-15-25-50% of the equilibrium
conversion). The present analysis is considered in order to assess
the effect of using a solid material with WGS activity.

In cycle strategy B the reactors are operated respectively in
Reduction, Heat Removal with an inert gas stream, solid oxidation
until the reaction front reaches the end of the reactor and purge cy-
cles (strategy B.1). With this process it is possible to carry out the
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reduction cycle when almost the entire bed is at the maximum
temperature so that the reduction reaction rates are high and the
fuel conversion occurs faster; In this case it is not possible to use
air to remove the heat stored in the solid in the bed because the
heat removal is carried out with the solids in the reduced state.
Pure nitrogen has been selected as gas stream for this cycle.
Increasing the reaction temperature during the reduction cycle,
the possibility to form Fe increases and the Fe;0,4 decreases. How-
ever, we assumed that iron is not present even at 1200 °C, as as-
sumed by Abad et al. [23] for an operating temperature of 950 °C.

Strategy B.2: the process is the same as in strategy B.1, but the
syngas and the inert gas for the heat removal are fed counter-cur-

rent by to the reactor. With this configuration the exhaust gases
leave the reactor at lower temperature and more heat is available
for the inert gas used in the heat removal cycle.

The reactor geometry has been fixed and the main assumptions
for the different simulations have been listed in the

Table 4. The cycle time has been chosen according to the reduc-
tion cycle at a fixed amount of reactive species (CO and H,) in order
to obtain an almost full solid reduction (about 95% of the total solid
active phase during the reduction cycle).

The same cycle time has been chosen for the oxidation/heat re-
moval/pure oxidation cycles to make the comparison between the
configurations easier. However, the time of each single cycle can be

Table 4
Main Assumptions for the analysis of selected configurations.
Assumptions A1 450 A1 600 A1 750 A2 A4 B1 B2
Syngas
Syngas dry composition (vol.%) H, 22%, CO 60.5%, H,0 0.3%, CO, 2.1%, N5 14.7%
Syngas dry mass flow rate (kg/s) 0.051
H,0 dilution (kg/s) 0.027
Syngas inlet Temperature (°C) 450
Syngas inlet pressure (bar) 20
Cycle time (s) 300 250 200 88 300 300 300
Air
Air composition (vol.%) 0, 21%, N 79%
Air mass flow rate (kg/s) 0.57 0.69 0.81 0.44 0.57 0.1 0.1
Air inlet temperature (°C) 450 600 750 450 450 450 450
Air inlet pressure (bar) 20
Cycle time (s) 300 250 200 300 300 300 300
Nitrogen (strategies B1 &B2)
N, composition (vol.%) N, 100%
N, inlet pressure (bar) 20
N, inlet Temperature (°C) 450
N, mass flow rate (kg/s) 0.4 0.55
Cycle time (s) 300 300
Purge gas
Purge gas composition (vol.%) N, 100%
Purge gas mass flow rate (kg/s) 0.2 (5 x reactor volume in 10 s)
Purge gas inlet temperature (°C) 450
Purge gas inlet pressure (bar) 20
Cycle time (s) 10
Reactor geometry
Reactor length (m) 2.5
Reactor diameter (m) 0.3
Solid material
Reduction
Active weight content (%of Fe,05) 33% 28% 22% 10% 33% 33% 33%
Oxidation
Active weight content (%of FeO) 31% 26% 20% 9% 31% 31% 31%
Particle diameter (mm) 3

Solid porosity 40%
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fixed according with the mass flow rates in order to minimize the
number of reactors, the plant complexity and pressure drop.

Since the purge cycles have the main purpose to remove the
unconverted species from the reactor between the oxidation and
reduction cycle, the time cycle was chosen to be 10 s (it has been
verified that this is enough to purge the reactor) and the mass flow
rate was chosen in order to feed five times the total reactor volume
as suggested from industrial practices.

Several multiple cycles have been simulated in order to reach a
cyclic steady state condition for each strategy adopted: starting
from an initial temperature profile and solid concentration profile,
after a few cycles these profiles are stabilized and the same initial
condition is obtained at the beginning of each multiple cycle; con-
cerning the gas side, the steady-state condition is reached when
the outlet of the reactor is the same at each stage of the related
multiple cycle in terms of temperature and gas composition.

The dry syngas composition used has been selected from ELCO-
GAS Puertollano IGCC power plant where a system with a packed
bed CLC reactor is going to be tested as experimental part of the re-
search project FP7 DemoCLoCk.

The present investigation has been carried out with reference to
a reactor for 0.3 m of diameter and 2.5 m of length filled with solid
material with a particle diameter equal to 3 mm. A sensitivity anal-
ysis has also been carried out for the best cases with a CO,-diluted
syngas.

3. Results and discussions

The simulation results for the different cycle strategies are pre-
sented and discussed in terms of heat removal and energy effi-
ciency of the cycle. The effect of inlet air temperature is first
discussed in order to highlight its effect on the bed temperature
and the solid conversion.

3.1. Strategy A: reduction/purge/oxidation/heat removal/purge

For the case A.1, the bed temperature profiles have been inves-
tigated with different air operating conditions. For the case A.1, the
air flows were adjusted for the different inlet air temperatures in
order to remove the heat produced during each cycle. After several
multiple cycles (when the system has reached its cyclic steady
state) the axial bed temperature profile was plotted at the begin-
ning of the reduction cycle (Fig. 8). The initial bed temperature pro-
file defines how the reaction front will proceed during the reaction.
For the reduction cycle, the lower the initial bed temperature pro-
file the lower the reaction rate.

The amount of active material has been selected to reach the
maximum temperature (1200 °C) during the oxidation cycle
according to the maximum temperature achievable for the solid
material as discussed in [25]. At the beginning of the reduction cy-
cle, the solid in the initial part of bed (between 60% and 70% of the
reactor length) is at the same temperature of the inlet air (used
during the heat removal cycle), while the other part is hotter, since
the heat removal cycle does not remove completely the heat stored
in the reactor. Comparing Figs. 8a—c, it can be observed that the
higher the inlet air temperature, the higher the initial temperature
for the reduction.

With these temperature profiles at the beginning of the reduc-
tion cycle, the solid conversion (amount of Fe,O3 converted in FeO)
at the end of the reduction cycle is plotted in Fig. 9a. Only when the
air inlet temperature is 750 °C the packed bed reactor has a uni-
form (high) solid conversion during the reduction cycle, and the
temperature profile during the oxidation cycle results in a constant
high temperature stream which can be used effectively in a power
cycle (Fig. 9b).
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For the cases with an air inlet temperature of 450 °C and 600 °C,
the solid conversion and the corresponding gas stream outlet con-
ditions are not uniform. In particular, the lower the temperature
the smaller the amount of oxygen carrier that is reduced
(Fig. 9a). Moreover, fuel slip occurs very fast during the reduction
cycle because the kinetics (especially for the CO) is too slow, espe-
cially at 450 °C (not shown in this figure).

The main consequences of using strategy A.1 are: (i) inlet air
must be heated up to high temperature (>750 °C) in order to have
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an average solid temperature high enough to keep the kinetics dur-
ing the reduction cycle sufficiently fast; (ii) in presence of syngas
with high CO content, fuel slip occurs when the solid reduction is
not properly accomplished; (iii) the solid conversion profile (with
air at 450 °C and also at 600 °C) shows that the solid is not well
converted in the center of the bed: this can be explained consider-
ing the temperature profile at the beginning of the reduction cycle
and the different velocities of reaction and heat front. The fuel con-
version will occur in the initial part where the solid particle are
exposed to the fresh fuel, rich in H, for a longer time- and in the
hot (last) part of the reactor where the kinetics occurs fast for both
CO and H,. (iv) the temperature profile at the reactor outlet is not
uniform, when working at 450 °C and 600 °C, because of the effect
of the solid conversion: during the oxidation cycle the air is able to
oxidize the total amount of wustite, but the final solid temperature
strongly depends on the active weight content of the solid phase
that has to be converted. The unconverted solid reduces the max-
imum temperature and, when the reaction front reaches the end of
reactor, the solid temperature profile is not uniform along the bed
(see Fig. 8), so the gas temperature at the reactor outlet cannot be
constant (this is not true when the air is fed at 750 °C because the
solid conversion is almost complete as showed in Fig. 9); (vi) the
non-uniform temperature profile along the reactor leads to some
hot spots that must be avoided to have the material in a safe

operating conditions; (vii) since fuel conversion is not complete,
CO, does not have the required high purity for storage and some
additional treatments would be needed.

For strategy A.2 the reactors have been operated with lower so-
lid active weight content (10 wt.%). The main consequences of this
strategy are the shorter time cycle (88 s vs. 300 s) and the possibil-
ity to have an average solid temperature higher than for strategy
A.1, with air at 450 °C. On the other hand, the solid conversion is
complete in almost the entire bed (except for the first part) even
if air is fed at 450 °C. This is because the solid temperature profile
is not the same as in case A.1, since the cycle time during the oxi-
dation is not long enough to cool down the entire bed (Fig. 10b).
The amount of H, is high enough to convert the solid in the cold
part of the reactor while the CO is basically converted along the
bed where the temperature is higher.

As it can be noted, the solid temperature changes from the
reduction and the oxidation in a range of about 100 °C. This effect
can be explained with the higher amount of solid inert material
which increases the thermal inertia of the system. Once the solid
oxidation occurs, the heat of reaction is transferred to the gas
and solid phase in which the high amount of inert does not react.
This temperature stability is a positive effect of this configuration
because the solid material is not subjected to excessive thermal
stresses.
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On the contrary, the gas temperature profile at the reactor out-
let is never constant even if the maximum AT for the reduction and
the oxidation are respectively 40 °C and 80 °C (Fig. 10a): in a
packed bed reactor the temperature at the outlet is close to the so-
lid temperature at the end of the reactor, so it depends on the heat
front velocity. The solid temperature profile is not constant along
the reactor but, moving from the initial part to the final, the tem-
perature increases. The main consequence of this behavior is that
the power unit never receives a constant mass flow rate at constant
temperature so the turbomachineries behavior is constantly under
transient conditions in a relatively short time cycle. However, the
temperature variation is quite limited (less than 50 °C): the com-
patibility with the specifications imposed by power plant compo-
nents has to be assessed.

The strategy A.3 has been also investigated in order to be able to
feed the syngas in the hot part of the reactor (counter-current feed-
ing). With this configuration the syngas will reacts with Fe,03
since the solid temperature is high enough (above 1100 °C) ensur-
ing fast kinetics also for the CO oxidation. The main problem of this
configuration is related to the different velocities of the heat and
reaction fronts as already pointed out in the description of the
reactor model: with the mass flow rates that are listed in

Table 4 for the case of an air inlet temperature of 450 °C the
reaction front is much faster than the heat front, so that the fresh

syngas meets the cold part of reactor before the heat front pre-
heats the unconverted solid. The risk of this configuration is that
after few seconds the outlet gas from the reactor will be almost
unconverted as for strategy A.1 with air at 450 °C. In order to fix
this problem, the heat front must be as fast as the reaction front
during the reduction cycle. Another problem that has been ob-
served in the reactor behavior during the oxidation cycle is the
possibility of hot spot formation: air is fed to the reactor when
the heat front is not already at the end of the reactor, when the
reaction front reach the hot part of the reactor the temperature in-
crease is too high to assure solid material stability (higher than
1450 °C which is the melting point for the ilmenite).

As already discussed, 7, is close to 1 when the amount of inert
gases in the syngas is extremely high. With high inert content in
the syngas stream the heat front velocity can be almost the same
of the reaction front velocity, and strategy A.3 could be used in a
power plant. Adopting this solution means that high inert mass
flow rate must be available in the plant: in a power plant with
CO, capture, it is possible to recirculate some CO, (or add some
steam with increased efficiency penalty).

Increasing the mass flow rate with inert gas has two main ef-
fects: the reaction rate during the reduction cycle is slower because
the gas concentration is lower and the gas velocity is higher result-
ing increased the pressure drop over the reactor and, as conse-
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quence, CO, compression energy requirements are higher. If the
same configuration is adopted with a lower solid active weight
content (as for the case A.2) the problem still exists. This configu-
ration does not seem to have advantages over strategy Al and the
results are not presented and further discussed in this paper.

As was already pointed out, the main problem of using ilmenite
as oxygen carrier in a packed bed reactor for CLC is the slow reac-
tion kinetics of the solid reduction with CO. The effect of the WGS
reaction has been investigated for strategy A.4. The possibility of
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ered in this study, because WGS reaction in IGCC with CO, capture,
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ical absorption process (i.e. Selexol” process), leads to a high effi-
ciency penalty due to steam extraction for the WGS reaction
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When the WGS reaction occurs directly with the CLC reactions
the effect is different because the H,O is already present in the syn-

1.0
15% WGS

. 08f

o

(o}

w 5% WGS

X

~ 06

c

o

2

[

g

S o4p

(&)

=

© No WGS

D o2t

00 1 1 1 1 J
0.0 05 1.0 1.5 2.0 25
reactor length (m)
(b) RED OX HR
— 1 WGS 25% 4 1400
E WGS 50% .
S L=
@ = 4 1200
Y- iy
°
=
o <4 1000
s} —
e O
g L35
> 800 @
5 £
2 ]
5 600
2 £
CD

2 e
© 400
2
K=
=
a -4 200
©
=

0 - 0

0 310 620

time (s)

(c) 1400 ~
1200
1000

800

600

Solid Temperature (°C)

400 |-

200 L L

50% WGS

15% WGS

1.0

1.5 20 25

reactor length (m)

Fig. 11. (a) Axial solid conversion profiles after the reduction cycle for all cases A.4; (b) reactor outlet conditions (temperature, mass flow rate and H, + CO composition) for
the case A.4 - 50% WGS as function of time cycle; (c) axial solid temperature profile for all cases A.4 at the end of oxidation cycle.



186 V. Spallina et al./Chemical Engineering Journal 225 (2013) 174-191

gas stream due to the H, oxidation during the reduction cycle and
heat of reaction is released at high temperature. The WGS reaction
is slightly exothermic and is favored at low temperatures. The com-
bined effect of WGS and H, oxidation helps the syngas conversion
because the CO oxidation can occur at low temperature and solid
conversion is almost complete. Since no reaction rates have been
measured for the WGS, the results presented below are based on
a sensitivity analysis using the chemical equilibrium conversion.

Increasing the CO conversion through the WGS reaction the H,
production during the CLC process permits to convert almost com-
pletely Fe,O3 to FeO (Fig. 11a). The present strategy appears very
promising, and the application is based on the assumption to use
a solid material with catalytic activity for WGS, which is stable if
subjected to repetitive cycles under high temperature and able to
obtain a high reaction rate also at low temperatures (where kinet-
ics is slower, but the equilibrium conversion is higher).

When the CO conversion by the WGS reaction is 25% or 50% of
the chemical equilibrium, the solid conversion is almost complete
(Fig. 11a), the air mass flow rate and the temperature at the reactor
outlet during the heat removal cycle are useful for a Gas Turbine
(Fig. 11b). It should be noted that the temperature is not constant
as in case A.1 using air at 750 °C because of heat of reaction of the
WGS reaction. The effect of WGS changes the distribution of the
heat of reaction: in the first part of the reactor the WGS reaction
changes the temperature profile (Fig. 11c). When comparing the
cases A4 - 25% and A4 - 50%, it is possible to notice that when
WGS is more active, the solid temperature profile at the end of
the oxidation cycle is not constant and the gas temperature at
the reactor outlet changes from 1300 °C to 1200 °C, affecting the
GT behavior.

In conclusion, if the solid material (ilmenite) is able to catalyze
the WGS reaction by converting some CO to Hs, especially in first
part of reactor, this configuration can be suitable for packed bed
reactor integration in a CLC power plant. Otherwise, some WGS
catalyst (that should be able to withstand high temperatures)
can be added to the ilmenite to give some activity towards WGS.

3.2. Strategy B: reduction/heat removal/oxidation/purge

In strategies B the heat removal phase is performed after the
reduction phase. For cycle strategies B the reactor is switched to
the reduction cycle when the reaction front — during the oxidation
- reaches the end of reactor and the heat front is still in the first
part of the reactor. In this case the bed temperature is close to
1200 °C so the kinetics is favored except for the first part where
the reaction occurs at 450 °C.

For case B.1 and B.2 the axial solid temperature and solid con-
version profiles at the beginning of each cycle (reduction, heat re-
moval and oxidation) are shown in the Figs. 12a and b respectively.
The gas stream conditions (temperature, mass flow rate and fuel
species) are showed in Fig. 13 at the reactor outlet. It is worth not-
ing that the temperature is almost constant during the reduction
and heat removal cycle for strategy B.1.

Cycle strategy B.1 is suitable for the integration of packed bed
reactors in a power plant. The reduction reaction is slightly endo-
thermic and the maximum bed temperature only slightly de-
creases during the heat removal cycle (about 10 °C), so that the
inert gas stream is produced at constant high temperature and
high pressure. This effect depends on the fuel gas composition
and on the oxygen carrier properties: if the syngas is richer in H,
the reduction reaction with ilmenite becomes more endothermic
and the maximum solid temperature decreases; in this last case
the efficiency of the system is lower since the gas turbine is fed
with a stream with lower gas temperature. The H, and CO slip does
not occur during the cycle except for the purge cycle (see Fig. 14)
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Case B.2 shows similar results. The reactor outlet gas tempera-
ture is constant during the heat removal cycle and the pure oxida-
tion, but changes in the reduction cycle. In fact, a higher nitrogen
mass flow rate is required during the heat removal cycle (+27% re-
spect to case B.1). The differences in gas stream temperature pro-
file at the outlet of the reactor can be explained by considering
the solid temperature profiles at the beginning of the related cycle
(Fig. 12a vs Fig. 12b): for the reduction cycle, in case B.1 the gas
temperature at the reactor outlet is the consequence of the heat
front that moves (from left to right) from the position at the end
of oxidation cycle (blue line) to the position at the end of reduction
cycle (red line); in case B.2 the same behavior can be observed, but
the heat front moves backward (from right to left) since the syngas
is fed counter-currently. The same consideration is applicable for
the different temperature profile of gases exiting the reactor during
the oxidation cycle.

For the case B.2 the solid is completely converted during the
reduction cycle because of the effect of reverse syngas feeding that
allows to the syngas to meet the bed when the solid is at maximum
temperature along the bed.

The difference in velocities of the heat and reaction front does
not pose a problem for this configuration, as was discussed previ-
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ously for case A.3: when the solid reduction is completed the heat
produced during the oxidation is still stored in the bed and it can
be used for the next cycle.

3.2.1. Effect of CO oxidation reaction rate

For the last cycle strategy B.2 a sensitivity analysis has been car-
ried for the CO oxidation reaction rate. The reaction rate has been
evaluated respectively at 5% — 10% - 20% of the base case to ac-
count the possibility of a slower kinetics for the reaction of CO with
ilmenite, which is the most critical reaction and with the largest
uncertainties: this decrease in the reaction rate corresponds to
an activation energy (E;) of 96-103-110 kJ/mol instead of 80 kJ/
mol at 1200 °C. The H, reaction rate has not been modified.

The results show that this strategy becomes infeasible if the
reaction rate is 5% of the reaction rate of the base case. In this case
the lowest kinetics does not allow converting the solid completely
in the left side of the reactor and the gas at the reactor outlet can-
not be directly used in a gas turbine.

When the reaction rate is 10% or 20% the effect of a slower
kinetics does not affect the heat management of the system signif-
icantly. The CO is converted along the bed and the solid conversion
does not drastically change the result already discussed for the
base case. As a matter of fact, strategy B.2 is able to work with
an oxygen carrier that is not very reactive (thus also when the
ilmenite would be somewhat deactivated after a large number of
cycles). The possibility to carry out the reduction cycle with the
bed at high temperatures makes this strategy very efficient and
suitable in terms of operability and integration in a power plant.
As discussed in Fig. 4, at 1200 °C the chemical equilibrium for solid

species shows the presence of metallic iron. For these strategies
(B.1 and B.2) this condition must be verified, since kinetics at this
temperature are faster and some Fe could be present.

3.2.2. Effect of pressure drop

For strategy B.2 an additional analysis has been carried out to
account for the effect of the pressure drop that strongly affects
power plant performance. The maximum pressure drops for strat-
egy B.2 are 9.2% during the heat removal cycle that represents a
consistent power loss for GT in a power plant. In addition, the reac-
tor length is 2.5 m and diameter 0.3 m but in a large scale power
plant, the reactor are expected to be bigger to reduce the number
of reactors operating in parallel and the switching operations, so
the pressure drop is expected to be higher (when using particle
of the same size). For the reduction cycle (B.2) the maximum pres-
sure drop is 0.5%. In order to reduce the maximum pressure drop
strategy B.2 has been considered with different cycle times, with
an average superficial gas velocity equal for the different cycles
keeping the reduction cycle constant. The reactor outlet gas condi-
tion is presented in Fig. 15. In this case the heat management is not
affected by the different cycle time, so that the solid conversion
and hot gas production occur properly according to the previous
investigation. Maximum pressure drop is now 1.4% and some slight
difference is detected in the transient behavior: lowering the mass
flow rate the heat dispersion (especially during the heat removal
cycle) becomes less significant so the transient step can be manip-
ulated. The main problem of this configuration is related to the
process economics. This strategy can be performed in a large scale
power plant if a large number of reactors are present in order
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Fig. 14. Reactor outlet gas condition during the entire cycle for case B.1 (a) and B.2 (b).

achieve the required power production (hundreds of MW4,). The
economic analysis and the effect on the overall power plant effi-
ciency is not quantified here, but only discussed from a qualitative
point of view.

3.3. Effect of syngas composition

A supplementary analysis has been carried out by changing the
syngas composition, to investigate its effect on the axial solid tem-
perature and solid conversion profiles with a CO,-rich syngas (gas
composition CO 36.5%, H, 13.2%, N, 1.3%, CO, 30%, H,0 20%), more
similar to the expected composition of a coal syngas used in a
power plant with CO, capture, where CO, should be used instead
of N, as transport gas in lock hoppers. The syngas mass flow rate
was changed (0.102 kg/s) in order to keep the same fuel thermal
input (500 kW based on syngas LHV).

This analysis has included the most promising strategies
according to the previous comparison: A.2, A.4 (with a WGS activ-
ity equal to 25% and 50% of the conversion at equilibrium), B.1 and
B.2.

For strategies A.2, B.1 and B.2 the axial solid conversion and the
solid temperature profiles are not affected according to the kinetic
model already described: the rate of conversion is the same and
the reaction enthalpy does not change the temperature profile.
For the strategy A.4 the different gas composition changes the solid

conversion and therefore the temperature and gas conditions at
the reactor outlet. WGS activity reduces the solid conversion in
for strategy A4 — 25% (not for the strategy A4 — 50%) if compared
with the base case syngas composition. Another effect is a different
gas temperature at the reactor outlet for case A4 — 50%: with CO,-
rich syngas the WGS activity is less pronounced (less H,O and
higher CO,) so the heat of reaction does not change the axial solid
temperature profile at the end of reduction cycle as was observed
before. The main effect is that the gas temperature at the reactor
outlet during the heat removal cycle presents smaller variations
(close to 100 °C, instead of 150 °C for the base case).

3.4. Comparison of strategies

In order to summarize the results three different coefficients
have been defined:

o Fuel conversion efficiency: this quantifies the amount of syngas
that is leaving the reactor not oxidized. This parameter is in
terms of energy loss as the amount of fuel Low Heat Value
not converted during the reduction cycle.

d=end ;- .
| Jeacor (MG - LHVo + e - LHVco)dt

Sin . in
msyngas LH VsyngasAtfed cycle

8(‘0”1} -

(13)
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Fig. 15. Reactor outlet gas condition during the entire cycle for case B.2: reduction (300 s), heat removal (1100 s) and oxidation (250 s.).

e High temperature production time: it represents the percentage
of time tyrgas — With respect to the total cycle tqq. - respectively
oxidation heat removal cycle for Strategies A and heat removal
cycle for Strategies B — in which the mass flow rate (air or N;) at
the reactor outlet is continuously (virtually) constant and his
temperature is in the range of 1150-1250 °C. This coefficient
represents an estimation of the time to have a gas stream useful
for electricity production in the gas turbine. The relative stan-
dard deviation is also computed to highlight the instantaneous
change of enthalpy during the high temperature production
time.

CHT s

THTges = (14)

tcycle

High temperature energy efficiency of the system: this coeffi-
cient represents how much energy stored in the fuel (here sim-
ply considered as the LHV of the inlet syngas) is converted in a
high temperature gas stream for the GT. The remaining heat is

Table 5
Summary of performances of the various cycle strategies considered.
Econv (%) THTgas (% std. dev.) (%) WHT (%)

Syngas base composition
A1 450 62.6 11.7 2.2 13.1
A1 600 99.9 75.6 0.7 72.7
A1 750 98.7 83.0 0.9 72.0
A2 98.5 68.6 1.8 62.7
A4 (5 wgs) 85.0 16.7 2.0 18.7
A4 (15 wgs) 98.0 713 2.2 77.6
A4 (25 wgs) 98.3 76.0 25 83.4
A4 (50 wgs) 98.3 40.0 2.6 434
B1 99.1 76.0 1.0 62.1
B2 98.5 733 0.7 81.7
Sensitivity analysis on CO reduction reaction rate
B2 (11 5) 87.7 55.3 0.9 61.5
B2 (rr10) 97.1 69.3 0.9 77.2
B2 (rr20) 99.2 73.3 0.8 81.8
Cycle with different time
B2 (%) 97.7 73.5 0.8 82.0
CO,-rich syngas composition
A2 99.9 68.0 1.8 60.9
A4 25 97.6 60.7 1.3 65.9
A4 50 97.8 723 2.0 78.5
B1 100.0 72.7 1.0 58.4
B2 100.0 74.0 0.9 81.0

¢ Maximum pressure drops are 1.4% instead of 9.2% of B.2 base case.

sent to produce HP steam for steam cycle or the unconverted
fuel because of fuel slip, since the present analysis has been car-
ried out assuming no heat losses through the reactor walls.

_ mHTgas stream(hi.T,out - hi,T,in)
msyngasLH Vfuel

;/IHT THTgﬂs (1 5)

where Myrgassiream 1S the amount of constant mass flow rate during
the oxidation cycle (or Heat Removal cycle for case B.1 and B.2),
hi_our is the average gas enthalpy of the gas stream at the reactor
outlet in the selected range of temperatures in which the hot gas
stream is produced, h; i, is the enthalpy at the reactor inlet condi-
tion and tyrges is the relative high temperature production time as
previously defined.

Table 5 summarizes the performance coefficients for the various
cases discussed before. The fuel conversion is always higher than
97% except for case at A.1 and A.4 with low WGS activity (5%)
and for the case B.2 with the lower reaction rate. The high temper-
ature production time is always higher than 70% for the configura-
tion with a proper solid conversion during the reduction that have
been considered as promising for the integration in a power plant
and also for the configuration A.1 with air at 600 °C and 750 °C.
When Tyr,,, is lower than 70% the solid conversion is not complete
during the reduction cycle or the solid temperature profile is
homogeneous (i.e. A4 - 50%).

The effect of the mass flow rate is also well represented when
comparing the strategies B.1 and B.2: the increase in the mass flow
rate for case B.2 is more important than the lower time at high
temperature so the resulting nyr is finally somewhat higher for
case B.2.

The sensitivity analysis on the CO reaction rate shows that if the
kinetics is slower (20% of the base case) the same efficiency nyr
can be reached and this confirms the feasibility of this configura-
tion even with an oxygen carrier with a lower reactivity. The com-
parison between the base syngas and syngas with the new syngas
composition confirms the considerations already reported in the
results discussion.

For a fixed maximum solid temperature, the systems that are
operated under limited temperature gradient are expected to gen-
erate less entropy in the CLC process (with increased 2nd law effi-
ciency). However, as in the direct combustion process, the
minimum exergy losses are obtained when the chemical energy
of the fuel is converted into thermal power at very high tempera-
ture (ideally infinite) and thus, for the CLC system, the main limit is
the maximum solid temperature that limits the maximum gas
temperature.
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Furthermore, in the perspective of arranging a power plant
based on a CLC loop process, the 2nd law efficiency of the overall
power plant is much more relevant than efficiency of the single
CLC loop process.

Along with exergy destruction inside the CLC, also the irreversi-
bilities related to energy recovery from the CLC loop exhaust
streams should be accounted for. In the present manuscript the
2nd law efficiency of the plant is not defined and discussed. From
a qualitative point of view, it is possible to conclude the highest
efficiency is expected when the CLC loop behaves like a combustor
of a gas turbine based combined cycle (as HR and OX reactors in
Fig. 1).

In this case the fuel energy is introduced at high temperature
(the typical value tolerated by a gas turbine engine, ~1200 °C) in
the thermodynamic cycle. This allows to convert heat to power
with the highest efficiency (Fig. 2). Heat released during the reduc-
tion phase is sent to the steam cycle (operating at ~600 °C) and
converted to power with lower efficiency.

4. Conclusions

Different cycle strategies for the heat management in a packed
bed reactor for chemical looping combustion have been simulated
with a numerical model and discussed in detail in the present
work. Different layouts have been compared in order to discuss
the effect on the axial solid temperature and solid conversion pro-
files, the fuel conversion and the reactor outlet conditions. The ef-
fect of WGS activity of the oxygen carrier has been also
commented. A sensitivity analysis has been performed for strategy
B.2 to verify the feasibility of the process with a lower reaction
rate. Furthermore, the performance of the reactor with a different
syngas composition has been also investigated for the best cycle
strategies.

Three different coefficients have been calculated to enable the
comparison between the different strategies and to quantify the
potential of the packed bed reactor for CLC technology. For case
A4 - 25% the high temperature efficiency reaches 83.4% which is
the best performance (with high standard deviation) followed by
the strategy B.2 (81.7% with significantly low standard deviation).
The difference is mainly accounted for the different time at high
temperature (respectively 228s for A.4 - 25% and 220s for B.2)

In a pressurized fluidized bed reactor system (PFBR) for CLC
operation the high temperature efficiency can reach typically 75-
85% which is close to the best cases here discussed. However, the
PFBR technology has to overcome some technical challenges in
terms of solid circulation at elevated pressures, so that packed
bed reactor technology represents a very interesting alternative
for the short mid-term.

From a technical point of view, all the systems here discussed
need high temperature valves (at least 1200 °C) which represents
a critical component in the design. Another issue is the number
of reactors operating in parallel to reduce the pressure drop and
have continuous operation, which would affect the investment cost
of the power plant.

For case B.1 and B.2 a high amount of pure nitrogen is required
for the heat removal cycle. Usually the IGCC with O, blown gasifier
has some N, from ASU but in this case the amount of N, is extre-
mely high (from 6 to 7 times the amount of wet syngas) so the pos-
sible solution is to use a semi-closed cycle where N is recirculated
at HRSG outlet to the compressor inlet: in this case the operating
fluid for the GT is not air but pure nitrogen so the turbomachineries
have to be tested, even if the small differences between air and
nitrogen do not pose difficult challenges for the GT design. In terms
of plant management, the system is dynamically operated and the

lower the cycle time the higher the number of flow switches ren-
dering the system more complex.

The present work has shown the potentials of packed bed reac-
tor technology to work at pressurized conditions for CO, capture
from a coal-based power plant. The possibility to produce a hot
gas stream at high pressure at almost constant operating condi-
tions makes this technology feasible to be coupled with an efficient
thermodynamic cycle. The main issues of the integration of PBR for
CLC in a large scale power plant, operating with the most efficient
strategies here discussed, with a performance analysis (i.e. electri-
cal efficiency, CO, capture ratio, etc....) and with a prediction of the
most relevant effects on the plant thermal balance and on its main
components, will be discussed in a future work.
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